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ABSTRACT 
During the past few decades, numerous contributions and advances have been accomplished in the field of 
fluidization. Despite these continuous efforts there has not been much success in setting up a strongly reliable 
model for the design of  catalytic fluidized bed reactors, fluidized bed reactors are usually modeled as a 
multiphase system consisting of two or three distinct phases. The two-phase theory of fluidization was originally 
proposed by Toomey and Johnstone (1952) this theory considers a gas-fluidized bed to be composed of two 
phases a dense or emulsion phase consisting of solid particles and Interstitial gas and a dilute or bubble phase 
consisting of rising void essentially free from particles. The three-phase theory of fluidization was originally 
proposed by Kunii and Levenspiel(1968)[11] they proposed the bubbling bed model (for gas-solid system) which 
considers the cloud-wake region as a separate phase In addition to the emulsion and bubble phase. In the 
multistage three-phase model (El- Halwagi and El-Rifai (1988)[4]) considered that the fluid bed to be composed of 
a number of equivalent stages in series. Within each stage exchange of gas takes place between the bubbles 
cloud-wake and emulsion phase. The mathematical equations (linear finite difference equations) of multistage 
three-phase model with first order  reaction analytically solved and the concentration profile along the bed has 
been abtained. 
The mathematical equations of two – phase model (Werther (1980-1992)[17] with nth order  reaction solved by 
Runge Kutta method and the concentration profile along the bed has been obtained. The results of concentration 
profile for the two models are being compared and finally model results are being compared with experimental 
results from the literature. 
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1. Introduction  

Fluidized bed reactors are usually modeled as a multiphase system consisting of two or three 
distinct phases .The two-phase theory of fluidization was originally proposed by Toomey and 
Johnstone [15]. This theory considers a gas-fluidized bed to be composed of two phases; a dense or 
emulsion phase consisting of solid particles and interstitial gas and a dilute or bubble phase consisting 
of rising voids essentially free from particles. It also assumes that all the gas in excess of the minimum 
– fluidization flow rate passes through the bed as bubbles. The emulsion phase is considered to be 
similar to the bed under incipient – fluidization conditions. 

Based on the two - phase theory, various models have been proposed [9,16,18,19,20,21,22,23,24,25,26 ]  
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These models differ substantially in the assumptions they suggest regarding the flow behavior of 
each phase, the extent of gas mixing and the mode of interphase gas transfer. 
Kunii and Levenspiel [11] proposed the bubbling – bed model which considers the cloud – wake region 
as a separate phase, in addition to the emulsion and bubble phases, bulk flow of gas through the 
emulsion and cloud – wake phases is assumed to be negligibly small.  
Comparative studies reviewing the different models of  fluidized – bed reactors may be found in the 
literature [2,3,7,8,27,28,21,29,30,31,32]. 

Although these models have contributed considerably in establishing many fundamental concepts 
of  fluidized – bed reactors none of them has proved to be of wide and reliable applicability. Thus it 
seems necessary to introdure more fluidized – bed models which take account of the basic underlying 
physics of fluidization. This work has been undertaken in an attempt to show a novel model that would 
reasonably reflect the real performance of gas - solid fluidized bed catalytic reactors. This model will 
be referred to as the “multistage three – phase model”[9,4]. It is based upon a realistic but rather simple 
visualization of the basic hydrodynamic aspects of fluid beds. The assumption of first – order kinetics 
in the proposed model made it possible to obtain an exact analytical solution for the concentration 
profiles along the bed.  

Simultauneously with that multistage three – phase model, the two – phase model[16,17] with any 
reaction order, will be used to modelling the gas – solid  fluidized bed reactor. Experimental data 
available in the literature on first – order catalytic reactions in gas – solid fluidized beds were used to 
assess the validity of  the multistage three – phase and two – phase models. 
 
1.1) TWO – PHASE MODEL[16,17.,13]

The mass balances on the reactor volume elements At ×dh for a species i in the bubble and 
suspension phases respectively are in the case of a heterogeneously catalyzed reactor: 
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at     h=0     ,    Cbi=Co    and   Cdi= C0                     
So the above equation will be solved by Runge Kutta fourth order methods , The solved results will be 
as: 
Cbi(h)=Cbi(o)+1/6(K1+2K2+2K3+K4)          (5) 
Cdi(h)=Cdi(o)+1/6(L1+2L2+2L3+L4)          (6)  
with that above equations, the concentration profile alonge bed will be obtained. 
The overall fractional conversion and average gas concentration are given by: 
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1.2) MULTISTAGE THREE-PHASE MODEL [4,9,14] 

Figure 1 shows a schematic repesentation of the basic features of the proposed model.  
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FIG1:Multistage three-phase model

 
Material balance equations for reactant gas around stage n for each of three phases are as 

follows: 
Bubble phase: 
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−

=−
Zn

Zn

dzCcwnCbb
1

0)(ε

Cloude – wake phase: 

∫
−

− =++−+−+
Zn

Zn
n CcwnKcekcwUcwCenKcedzCcwnCbbbKbcUcwCcw

1
1 0)()()( ε   (9) 

where : 

zbbKceKce Δ= ε)(            (10) 

 zbΔε            (11) and    kcw=k fcw ×

in which k is the reaction rate constant based on the unit volume of the dense phase (emulsion phase 
and cloud – wake phase) and according to the first assumption of the model: 

Dbzzz nn =−=Δ −1
           (12) 

Emulsion phase: 
Umf Cen-1 + Kce  Ccwn – (Umf + ke + Kce) Cen=0       (13) 
Where: 

zfcwbkke Δ+−= )]1(1[ ε          (14) 

The material balance on reactant gas over the differential element of height in the bubble phase is 
written as:  

0)()()( =−−+− dzCcwnCbKbcdCbCbUbUCb b
    (15) 

Which may be rearranged and integrated to give  
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At the bottom of the bed (n=0) the concentration of  gas fed to each phase is the same as that of 
the incoming feed gas. Hence the appropriate boundary condition are: 
At   n=0    Cbn=Ccwn=Cen=Co            (18) 

Equations (8),(9),(13) Cn and (17) may be solved analytically to give the reactant gas 
concentration of each phase Leaving any stage n ( Nn ≤≤1 ) as  

nnn GLfGLfGLfCbn 332211 ++=            (19) 

nnn GLfgsGLfgsGLfgsCcwn 333222111 ++=         (20) 

nnn GLfrsGLfrsGLfrsCen 333222111 ++=          (21) 

were the parameters f1,f2,f3,gs1,gs2,gs3,GL1,GL2,GL3,rs1, rs2 and rs3 may be calculated from relations. 
The average gas concentration of reactant Leaving the nth stage nC , is defined as the 

concentration that one would measure by sampling the gas leaving stage in proportion to the 
volumetric flow rates of the three phases: 

nC = (U C + U C + U C )/U          (22) b bn cw cwn mf en

Therefore, the gas concentration profiles for the three phases and for the average concentration 
may be obtained from equations (19),(20),(21) and (22) respectively, and the outlet gas concentration 

NC  is calculated directly by substituting for n=N in eq (22). The overall fractional conversion is given 

by    x=1-

0C
NC                (23) 

 
2– BASIC ASSUMPTION AND PARAMETERS OF THE MODELS 
 

The multistage three-phase model assumptions and parameters consists of (bubble diameter, 
bubble velocity, bubble volume,..) reffers to [4,13]. The two- phase model assumptions and parameters 
reffers to [7,8,16,17] . 
 
3 – RESULTS AND DISCUSSION 
 

In this section by comparing models results with published experimental data on the conversions 
and concentration profiles of first-order isothermal catalytic reaction carried out in gas-fluidized beds, 
the predictive power of the proposed models are evaluted. 
(3.1) Lewis et al. [12] studied on the ethylene hydrogenation reaction in a fluidized bed with 0.075 m 
diameter. The comparison between the experimental conversion values obtained by lewis etal and the 
two & three phase models have been shown in Fig. (2). Results show a better match between the two 
- phase model and the experimental values, where as three phase model has pronounced deflections 
at higher velocities which could also be due to the small reactor diameter. 
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(3-2) Ozone Decomposition 
Kobayashi et al.[10] studied on the ozone decomposition reaction in a 0.083 m diameter reactor. 

Figure (3) shows the comparison between the experimental conversion values obtained by Kobayashi 
et al.[10] and the two & three phase models. 

Results show that the experimental conversion values do not match with three - phase model. this 
deflection could be due to the small reactor diameter (Dr=0.083m)  and also due to the small reaction 
rate constant (k=0.75 sec-1). 

Freyer and Potter [4,5] studied on the ozone decomposition reaction in a 0.229 m diameter 
reactor.Figure (4) shows the comparison between the experimental conversion factors and the two & 
three phase models. it can be seen a better match between the experimental results and the two,& 
three phase models. This is mainly due to the right selection of the reactor diameter and reaction rate 
(Dr= 0.229 m, k= 3.60 sec-1). 

Outlet / inlet concentration ratio obtained from the two & three phase modeles has been 
compared with the experimental values and results have been shown in figures 5P2, 5P3, 6P2, and 
6P3.It can be seen that the two - phase model have a better match with the experimental values 
(figure 5P2,6P2). Only small deflection occurs at medium range velocities (0.05 <U<0.1 m/sec). There 
is a good match between the three - phase model and the experimental values (Fig.,5P3), but a 
mismatch in Fig.6P3 is mainly due to the small reaction rate constants (k=0.33 sec-1).Figures 7P2 and 
7P3 showing the plots of conversion factor , bubble, dense,cloud - wake, emulsion phases and outlet 
concentrations versus reactor bed height. It can be seen that the shape of profiles are as expected. 

Bauer et al. [1,17] studied on the ozone decomposition reaction in a 0.083 m and 1 m diameter 
reactors. The comparison between the experimental conversion values obtained by Bauer et al. 
(versus reaction rate constant,k) and two - phase model have shown in figures 8P2 and 9P2. Results 
show (Fig.8P2) a better match between the two phase model and the experimental values, whereas 
the results of pilot scale reactor (Fig. 9P2) show deflection with experimental data. This shows that 
model parameters equations do not predict correct value for model parameters and therefore right 
equations should be replaced. Three-phase model due to small reaction rate values can not predicte 
correct value for conversion.. 
 
4- CONCULSION 
 
1. Three – phase multistage model and two-phase model have been developed respectively for the 

first & nth order reactions in a fluidized bed gas-solid reactor. 
2. The multistage three – phase model is much more complicated compare to the two-phase model 

hence, mathematical equations for the three – phase model need to be solved with special 
analytical & numerical methods. 

3. For the bench scale fluidized bed reactor (Dr<0.1m) and rate constants less than 1.0 (K<1sec-1), 
results of  the multistage three – phase model do not match well with the experimental data on the 
contrary there is a good match between the two-phase model results and the experimental data. 
the mismatch between the three – phase model and the experimental results is due to the 
sensitivity of the model to the rate constant values. This sensitivity is more pronounced at rate 
constants less than 1.0 , which model can not predict actual conversion values. 

4. For the pilot scale fluidized bed reactor (Dr=1m) results of the two – phase model and the 
experimental data fairly match each other (Fig. 9P2). Therefor due to the simplicity in two-phase 
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model and good match with the experimental data it is advised to be used prior to any other more 
complicated models. 

 
Figures: 
 

FIG.2:Comparison of tw o and three -phase model conversion w ith experimental 
data (Lew is et al.1959);Dr=.052m,umf=.0073m/s,emf=.5,De=.0001m2/s, Hmf=0.25, 

k=8.7s-1

0

0,2

0,4

0,6

0,8

1

1,2

0 0,05 0,1 0,15 0,2 0,25 0,3 0,35 0,4

velocity(U-m/s)

co
nv

er
si

on
(X

)

X(Exp) X(two-phase) X(three-phase)
 

FIG.3:Comparison of two and three _phase models conversion with experimental 
data(Kobayashi et al,1967); Dr=0.083, umf=0.021m/s, emf=.5, D e=0.000018 m 2/s

Hmf=.34m, k=.7s-1 , porous plate
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FIG.4:Comparison of two and three-phase models conversion with experimental data 
(Freyer and Potter,1976); Dr=0.229m, umf=0.017m/s, emf=0.48, Nd=61, 

De=0.000018m2/s, Hmf=.66m, k=3.6 s-1
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FIG.4:Comparison of two and three-phase models conversion with experimental data(Freyer and Potter,1976); 
Dr=0.229m, umf=0.017m/s, emf=0.48, Nd=61,De=0.000018m2/s,Hmf=.66m, k=3.6s-1
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FIG. 5P2: Two-phase model  ,comparison of model concentration profile with 
experimental data (Freyer and Potter,1976) ;dr=0.229,umf=0.0017 m/s, emf=0.48, 

De=0.000018m2/s, Nd=61, Hmf=0.24m, k=0.86 s-1, U=0.024 m/s 
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FIG.6P3:Three-phase model ,comparison of model concentration profile with 
experimental data (Freyer and Potter,1976) ;Dr=0.229, umf=0.017m/s, emf=0.48, 

De=0.000018m2/s, Nd=61, Hmf=0.231m, k=0.33s-1, U=0.024m/s
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FIG-5P3:Three-phase model, comparison of model concentration profile with 
experimental data (Freyer and Potter,1976)dr=0.229m, umf=0.017m/s, emf=0.48, 

De=0.00002m2/s, Nd=61, Hmf=0.24m, k=0.86s-1, U=0.024m/s
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FIG.7P2: Two-phase model resuls (Freyer and Potter data,1976);dr=0.229m, umf=0.017m/s, 
emf=0.48, De=0.000018 m2/s, hmf=0.24m,k=0.86s-1, Nd=61, U=0.024m/s
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FIG-6P2: Three-phase model, comparison of model concentration profile with 
experimental data (Freyer and Potter,1976)dr=0.229m, umf=0.017m/s,emf=0.48, 

De=0.00002m2/s,Nd=61, Hmf=0.24m, k=0.86s-1, U=0.024m/s
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FIG.7P3:Three - phase model resuls (Freyer and Potter,1976,data),dr=0.229m, Umf=0.017m/s, 
emf=0.48, Hmf=0.24m, k=0.86s-1,De=0.000018m2/s, U=0.024m/s
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FIG.8P2:Comparison two-phase model conversion with experimental data (Bauer et al, 
1981); Dr=0.2m, umf=0.016m/s, hmf=0.5m, De=0.00002m2/s, U=0.1m/s, porous p.
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FIG.9P2:Comparison two-phase model conversion with experimental data (Bauer et al 
,1981); Pilot plant scale, Dr=1m, umf=0.016m/s, hmf=0.5m, De=0.00002m2/s, U=0.1m/s, 
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NOTATION 
 

at volume specific mass transfer area between bubble and suspension phase,m-1 

Cb concentration in bubble phase , kmole/m3

Cbn gas concentration of reactant leaving stage n of bubble phase ,kmole/m3                          

Ccwn gas concentration of reactant leaving stage n of cloud-wake phase, kmole/m3

Cen gas concentratin of reactant leaving stage n of emulsion phase, kmole/m3

Cd  gas concentratin of reactant Dense (emulsion) phase, kmole/m3

C0 initial gas concentratin of reactant, kmole/m3

C  average gas concentratin of reactant leaving reactor , kmole/m3
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nC  average gas concentratin of reactant leaving stage n, kmole/m3

Db average equivalent bubble diameter,m 

De               gas phase diffusion coefficient,m2/sec 

Dr bed diameter, m 

fcw  ratio of cloud-wake volume to bubble volume. 

f1,f2,f3 the parameters of mathematical solution in three-phase model. 

GL1, GL2, GL3 the parameters of mathematical solution in three-phase model. 

gS1 ,gS2,gS3 the parameters of mathematical solution in three – phase model. 

h height above distributor level, m 

h1 height interval of Runge Kutta methods. 

Hmf bed height under minimum fluidization condition, m 

K1, K2, K3, K4    constants parameters in Runge Kutta methods. 

k reaction rate constant based on unit volume of dense phase, s-1

km reaction rate constant based on unit weight of catalyst,m3/(kg.s) 

kcw constant defined in eq. (11) m/s 

Kce constant defined in eq. (10) m/s 

ke constant defined in eq. (14) m/s 

(Kbc)b volumetric rate of gas exchange between bubble and cloud – wake phases, s-1

(Kce)b volumetric rate of gas exchange between  cloud – wake  and phases, s-1

kG mass transfer coefficient of gas component,m/s 

L1, L2, L3, L4 constants parameters in Runge Kutta method 

nr reaction order 

N total number of stages in bed. 

Nd number of orifice openings on the distributor. 

rS1 ,rS2,rS3 the parameters of mathematical solution in three – phase model. 

t time,s 

U superficial velocity of fluidization, gas, m/s 

Ub superficial gas velocity of bubble phase, m/s 

Ucw superficial gas velocity of cloud-wake phase, m/s 

Umf superficial velocity of fluidization gas under minimum fluidization 

condition,m/s 

x fractional conversion of reactant gas leaving the bed.  

z height above gas distributors, m 

 
GREEK LETTERS 

zΔ   stage height,m 

bε
  volume fraction of bubbles in the bed  

mfε   mean voidage under minimum – fluidization condition. 

ijν   stoichiometric number of species i in reaction j. 

 
SUBSCRIPTS 
b bubble phase 

cw cloud-wake phase 

e emulsion phase 

n stage number 

N final stage 
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