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Abstract

The process of CO2capturing using solid sorbents is highly cost-effective and energy efficient. In this
research, experimental and computational studies of CO2 sorption from a flue gas stream using
potassium carbonate particles have been conducted, employing a laboratory scale bubbling gas solid
fluidized bed reactor. The influences of the main operating conditions such as CO2 and H20 concen-
trations and gas mixture velocity on the CO2 removal have been investigated. An Eulerian-Eulerian
two-fluid approach based upon the kinetic theory of granular flow with modified energy-minimization
multi-scale (EMMS) interphase exchange coefficient was applied to describe the gas-solid hydrody-
namic in the fluidized bed. The computational model results of the slug rise velocity, bubbles, and solid
phase behaviorand CO2 concentration along the fluidized bed height have been compared with corres-
ponding experimental data. The CFD simulation results are in good agreement with the measured
experimental data. Both simulation results and experimental measurements of the outlet CO2 concen-
tration show that good treatment efficiency can be obtained by maintaining H20 concentration as the
maximum value. The CO2 removal rate increased due to the reduction of gas velocity as well as
increasing H20 concentration. Among the factors studied, H20 concentration has the most significant
impact on the CO2adsorption.

Keywords: CO, capture; CFD; Gas -solid; Fluidized bed; Adsorption; Simulation.

1. Introduction

Recent researches suggest that greenhouse gas emissions (GHG) should be reduced in
orderto avoid intense climate changes. The primary greenhouse gas, which is mainly released
by burning fossil fuels, is carbon dioxide (CO.) [*21, There are some approaches to decrease
the net CO; emissions into the atmosphere, including reduction of energy consumption by
improving the efficiency of energy conversion, switching to less carbon intense fuels, and using
alternative energies 1. However, it is understood from the project of Energy Information
Agency (EIA) of U.S.A. that for the foreseeable future, coal will continue to play an important
role in electricity generation, especially in some powerhouse plants 4. Therefore, these ap-
proaches may not be enough to achieve a desirable atmospheric CO, concentration in the near
future. Nowadays, absorption and storage of CO, seemto be a very important approach. There
are some techniques that can be used to separate CO, from a flue gas stream such as wet
absorption, adsorption, membrane separation, and cryogenic separation. However, these
methods face the limitations of cost and energy required to treat the massive flue gas streams
from fossil fuel powerhouse plants 571,

Recently, CO, chemical adsorption by the use of recoverable solid adsorbents has been
studied as an alternative method. Applying the solid adsorbents have some advantages over
other types, including the high capacity for chemical adsorption, low thermal capacity, and
possible production of pure carbon dioxide. The solid sorbents capture CO; from flue gases
through chemical adsorption, physical adsorption, ora combination of them [8-91,
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A number of researchers have used chemical sorbents due to high adsorption capacity and
selectivity of themto adsorb carbon dioxide in comparison with physical sorbents. It is re-
ported that potassiumcarbonate shows the best performancein comparison with other alkali
based chemical sorbents [®-10],

Anhydrous potassiumcarbonate solid particles react with CO> and existing moisture in the
gas flow of the fluidized bed systemto yield potassiumbicarbonate as follows:

K,C05(s)+ C0O,(g) + H,0(g) «=2KHCO(s) (1)

Several types of research have also been performed aiming at the applications of this
sorbent forindustrial purposes. Some researchers have conducted great efforts to coat various
supports by K-based sorbents and find out the reaction characteristics of the potassiumbased
solid sorbent [**1-131 However, the effects of the operating conditions on the carbonation
reactions were not completely identified.

Zhao et al. [*41studied the effects of the reaction conditions on the carbonation characteristics
of KoCOs calcinated from KHCOs with a pressurized thermos gravimetric apparatus. Their re-
sults show that the conversion rate decreases as the reaction temperature and pressure increases,
and the effects of CO; and H.O concentrations are little compared to other factors [14],

Zhao et al. *51 have investigated the carbonation behaviors of K;CO3/Al03 using thermos
gravimetric analyzerin a bubbling fluidized bed. They supposed that the main carbonation
product of K;CO3/Al0z is KHCOs and so the effects of the temperature, gas composition, and
pressure on the reactions were studied by analyzing the adsorbent weight change. Their result
shows that the total carbonation conversion increases with the increase of CO, and H,O con-
centrations but decreases with the increase of the temperature and pressure [*51,

Yiet al. ' have surveyed the CO. capture process using potassium carbonate-based solid
sorbent (Sorb KX35) in the continuous solid circulation mode between two fluidized bed reac-
tors, detecting CO, concentration in the carbonation reactor exhaust. They have reported that
the CO. removal escalates as gas velocity decreases and as solid circulation rate increases.
Increasing the solid circulation rate or the water vapor content and decreasing the gas velocity
raises the overall CO, removal in this system [16],

In the solid sorbent process, heat transfer rate control is necessary to prevent the formation
of hot spots during highly exothermic adsorption reactions. Fluidized bed reactors can be the
best choice for CO;capture by solid adsorbent due to their high efficiency of heat and mass
transfer owing to the greater contact surface between the gas and solid particles. Meanwhile,
they prevent the formation of hot zones by creating almost isothermal conditions due to the
quick circulation of the particles in the reactor. Therefore, many researchers have utilized
fluidized bed reactors instead of fixed bed reactors for the adsorption process.

Mathematical modeling is an important tool to investigate the performance of the adsom-
tion process in terms of identifying effective parameters and predicting adsorption behavior in
the reactor. Application of computational fluid dynamic (CFD) simulation is known as a tech-
nique to predict fluid dynamics and transport phenomena of the multiphase flows, especialy
where the prediction of the flow behavioris rather difficult and expensive through experi-
mental techniques. Development of multidimensional models for hydrodynamics, heat trans-
fer, and chemical reactions of complicated gas-solid processes have recently attracted consid-
erable attentions. The required time for CFD modeling has been decreased by improvements
in numerical methods and hardware technological advancements. Thus, once the model has
been validated, CFD can be utilized for sensitivity analysis due toits flexibility in changing the
parameters [17-18],

Numerous researchers have studied the hydrodynamics of the gas-solid fluidized bed em-
ploying CFD techniques, although CFD simulation of CO.capture processin the fluidized bed
is not much emphasized.

Khongprom and Gidaspow [*°1simulated the CO, capture process by potassiumcarbonate
in two dimensional circulating fluidized bed reactor using the kinetic theory of granular model.
They compared computed total granular temperatures in different gas velocity with the liter-
ature values. Their CFD simulation results show that 90% of CO, removal can be achieved by
adjusting the bed height and gas velocities [*9],
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Garg et al. 12°1performed CFD simulation of CO> capture using dry potassium based sorbent
applying the open-source CFD solver MFIX. They compared their simulation results with con-
tinuous CO; capture experimental data and found that the sensitivity of CO, removal with
respect to the solid mass flow rate was within 2% of the experimental sensitivity [2°1,

Chalermsinsuwan et al. [2*1applied the CFD simulation of the circulating fluidized bed sorp-
tion-regeneration system for removal of CO, from flue gases by K>COs3 solid sorbent. They
found that the reactor length, solid sorbent density and diameter had less effect on the CO»
removal than the inlet gas velocity and reaction rate constant indicating the effects of operat-
ing conditions, including the gas composition and gas flow rate on the carbonation reactions
are essential for describing the carbonation behaviors and determining appropriate reaction
conditions of this sorbent [21],

For better understanding the hydrodynamic characteristics and CO; adsorption process be-
haviorin a bubbling gas-solid fluidized bed reactor, a lab-scale fluidized bed has been built to
capture CO,. The measured experimental data has been used to better understand the hydro-
dynamic and CO. adsorption phenomena, as well as validating the developed computational
model. The computational fluid dynamics (CFD) model has been employed using Eulerian-
Eulerian approach with a modified drag model that is proposed using a scaling factor to reduce
the universal drag laws, which accounts for the effect of particle clustering. In this research,
the effects of CO, and H,O concentrations and superficial gas velocity on CO; adsorption rate
have been investigated both experimentally and in a CFD simulation environment.

2. Experimental setup and methods

Several tests have been conducted to investigate carbon dioxide adsorption process and
hydrodynamics of the gas-solid flow in the fluidized bed. Additionally, the data acquired using
the experimental setup have been applied to evaluate the developed computational model.
Figure 1 depicts a schematic picture of the fluidized bed experimental setup, which is com-
prised of three main parts: a gas injection system, a carbon dioxide gas adsorption system
and a CO; analyzer. The fluidized bed reactor was a column, made of Plexiglas, with 0.063 m
diameterand 1 m height. The 0.453 kg of the solid adsorbent was placed in the reactor, which
occupies some 0.1 m of the bed height. The size distribution of the spherical adsorbent parti-
cles was within 200-800 pm with a mean size of 600 um and density of 2300 kg/m?.

The mixture of waterand carbon dioxide was injected at the bottomof the bed through a
perforated plate (gas distributor). The CO> content of the inlet gas flow was adsorbed by a
K>COs solid adsorbent in the bed, while the moisture required for the reaction was supplied by
an auxiliary steamboiler. Gas flow rate, humidity, and carbon dioxide contents of the air were
measured by the flow meters installed inside of the flow path.

The concentration of carbon dioxide of the outlet gas flow was measured using a standard
gas analyzer (Testo 327), mounted at the end of the bed. Taking into consideration the oper-
ation temperature (60-70°C), a heating systemwas used to heat up the mixture flow of the
air and carbon dioxide. The hydrodynamic structure of the gas-solid flow was characterized
using high-intensity uniform illumination by installing two sources of distributed light behind
the bed and using a commercial digital camera (Casio EX-F1) with the photography rate of
1200 frame per second. A black sheet was usedto cover all around the bed to shield the light
in order to avoid any shading and direct reflections of the surrounding environment on the
walls of the bed. Bubble formation in the bed created some transparent areas, which could
pass through the emitted lights and let themreach the lens of the camera. Thereby, one could
observe and tracethe bubbles.

In order to study the effects of carbonation reaction conditions, carbonation of K,COs was
carried out under a wide range of reaction conditions. In the simulation, concentrations of CO»
and HxO at the inlet flue gas were chosen to be between 10 % and 20 % and inlet gas mixture
velocity was inthe range 0.71to 1.1 my/s. The behavior of the CO> capture process was eval-
uated by determining the CO concentration of the outlet flow. The baseline operating condi-
tions at the inlet of the fluidized-bed carbonator are 60°C carbonator temperature, 0.71 m/s
gas velocity, and 15% the mixture of water vaporand carbon dioxide.
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Figure 1. A schematic picture of the experimental set up
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3. Model description and governing equations

A computational model of the adsorption process in the bubbling gas solid fluidized bed
reactorincludes bed hydrodynamics and CO; adsorption kinetics. In this model, conservation
equations of mass, momentum, and species were formulated for gas and solid phases using
the Eulerian approach, which considers both gas and solid as interpenetrating continua. The
governing equations were then closed by using constitutive equations based on the kinetic
theory of granular flow. The source terms were appeared in momentum and continuity equa-
tion due to the heterogeneous reactions between two phases. The reaction rate part of the
species conservation equation expresses the production and consumption rates of these spe-
cies. The conservation and constitutive equations for each phase are provided as below:

3.1. Conservation equations

The developed computational model includes continuity, momentum, and chemical species
conservation equations are considered based upon the assumption that the systemis isother-
mal. Under this assumption, energy conservation can be ignored. The continuity equation for
gas and solid phases is stated by the following equations:

d
3t (Egpg) +V. (ggpgug) = Sgs (2)

0
a (85p5) + V. (gspsus) = S‘sg (3)

Taking into account, the heterogeneous reaction between the gas and solid phases (CO;
adsorption), the term (S) is used to express the interphase mass transfer in the continuity
equation, whichis defined as follows.

Sgs = —R(Mgo, + My,0) (4)
5 Equation (4) can be applied to calculate momentum for the gas phase.
o (e,04ug) + V. (e3p5Uguy) = €5059 — €,VP  + Ve, 75+ Bys(us —uy) + Sysuy (5)

where B, is the drag coefficient between the gas and solid phases. At the right side, Sju,

indicates the momentum transferin the gas phase as a result of mass transfer. The momen-
tum equation of the solid phase is presented by the following equation,
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0
a (gspsus) +V. (Sspsusug) =&Pgd — &y VP +Vegtg— :Bgs (us - ug) + Ssgus (6)

Considering CO. adsorption by solid particles, the mass transfer occurs between a solid
phase and the gas phase. Therefore, individual species conservation equation for CO, and
steamin the gas phase was written as follows:

d
T (gip;Y;:) + V. (g0, Y ;) = =Ve) ;i + R, (7)
While J,; and R,; denote diffusion flux of component i and rate of heterogeneous reaction,
respectively. The fluctuating kinetic energy conservation equation for the solids modeled from
the concept of the kinetic theory of gases for inelastic nature of the particles collisions, be
expressed as

30
CET: — (&5p505) + |7 (e5p05uq) = [(—pSI+TS):VuS +V.(koVO)—y + (pgs] (8)

The terms on the right side indicate the rate of granular energy generation due to shear,
diffusion transfer of granular temperature, and the losses due to inelastic collisions and friction
of the fluid.

3.2. Constitutive equations

Constitutive equations are required to complete the governing equations of gas-solid flow.
The following are the required constitutive equations. The stress tensor of gas-phase:
_ uy + ouy; 9
Tgij = Hg axi axj ( )
The solid-phase stress tensor:

Jdug; Odug; 2 ougy,
Tsij = Hs 0x; ax (65 ) dx, 81j = PsOi (10)

Granular-phase shear V|sc05|ty is composed of three terms: collisional (particle-particle
collisions), kinetic (fluctuating motion) and frictional viscosity, as suggested by Syamlal et al. [22],
1

4 dspse \/_ PsSin ¢
e = 2 sl (1+e)go( ) RS [1+ (1+e N (11)

The solid bulk viscosity accounts for the resistance of the solids to compression and expansion:
1
4
Es =c€

0.\2
5 Zspsds(1+e)go (;) (12)

The radial distribution function is a correction factor in calculating the probability of the
collisions between the particles:

) (Bes; = Deygo +

1 -1
3 e P
go==|1-| = (13)
5 gs,max
The particle pressure composed of kinetic and collisional terms is calculated as follows:
ps = gspsgs + 2(1 + e)gszgopsgs (14)
The diffusion coefficient forthe solid phase energy fluctuation is:
15d p.e.+/0,TT 1
= a5 [1 +—n (41— 3)ego + (41 330esgos 1= 5 +e) (15)
The dissipation of quctuatlng energy due to inelastic collisions takes the following form:
2 2 4 95
V= 3(1-e )gs 9oPsbsds| = — | Vuy (16)
d\ \m

3.3. Drag laws and chemical reaction model of the gas adsorption process

The momentum transfer between gas and solid phases are taken into account using the
drag coefficient. Wachem et al. demonstrated that the simulation results were highly sensitive
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to the model of interphase exchange coefficient in comparison with other parameters [23],
Therefore, proper selection of the drag model is necessary for a successful simulation of the
fluidized bed hydrodynamics. McKeen and Pugsley 241 beside Taghipour et al. 1251 have re-
ported that their relatively poor simulation results are probably due to the removal of signifi-
cant forces between the particles. Existence of an adhesive force between the particles leads
to agglomeration and clustering of them, which can increase particle diameter and decrease
interphase exchange coefficient as well. Several drag models are developed based on the
homogenous distribution of the solid particles, which are not usually observed in the opera-
tional systems. An unmodified interphase exchange coefficient is thus unable to consider the
cluster formation phenomenon and causes a severe over-estimation of the bed expansion.
Several modifications have been made on standard drag equations. For example, McKeen and
Pugsley 241 and Arastoopour and Gidaspow [2¢1 have used the effective size of the clusterto
improve prediction of the simulations. Seu-Kim and Arastoopour have modified the kinetic
theory of granular flow by developing a model of complicated additional forces [?71, Wang et
al., have suggested a model, which is able to predict a correct bed expansion without further
modifications. However, their proposed method was inappropriate for large -scale fluidized bed
systems [281, Recently, several researchers have utilized EMMS model to calculate the gas-
solid force in heterogeneous conditions. In this study, EMMS interphase exchange coefficient,
pioneered by Yang et al. [2°1 was applied and developed as follows:

1-9)2%u A-9p |u,—uy
Bgs =150 ———5—+175 " £, < 0.74 (17)
p
_3(1—s)sgg !
ﬁgs 2 dp pg|ug_us|CD0H(£g'Re) & <0.74 (18)
24 PyE |u —-u |d
Cpo = Re <1000; Cp, =0.44 Re=1000;  Re=-2909 SI'P
D0 = Re(1 + 0.15Re%687) ' Do e e m (19)

Hq is the heterogeneous factor or correction coefficient that is defined as the ratio of the
drag coefficient calculated from EMMS model to standard drag coefficient. The following equa-
tion was used to express the heterogeneous factor.

0.0214
; < <
H (eg,Re) 4(sg—0.7463)2+0.0044g ’ 0.74 < ¢ =082
0.0038 (20)
H (eg,Re)—'h ; 0.82<¢, <097
4(4-0.7789) +0.004,
H(e, Re) = —31.8295 + 32.8295¢, g5 2 0.97

3.4. Chemical reaction model of the gas adsorption process

The carbonationreaction (equation (1)) is a non-catalytic heterogeneous gas-solid reaction.
There is not sufficient information about the rate equation in the literature, and most of the
researches have just concentrated on preparation and adsorption characteristics of the adsorbents.

Sharonov et al. 3% have presented kinetics of CO, absorption using K.COs adsorbent. They
have reported the adsorption rate to be first order with respect to CO, concentration ignoring
the effect of moisture content on the rate equation. Park et al. [3*1 measured output concen-
tration of CO; in a fixed bed in order to determine the kinetics of carbon dioxide absorption
reaction in the presence of moisture by potassiumcarbonate. They finally concluded that the
deactivation model for the non-catalytic heterogeneous reaction of CO,, K.COs, and moisture
was in agreement with the corresponding experimental data. Due to the higher concentration
of steamat the inlet than carbon dioxide, its concentration was assumed to be constant 3],
Kinetic equations used by various researchers for simulation of CO, adsorption process in
fluidized bed reactor have been summarized in Table 1.
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Table 1. Proposed kinetic equations used by various researchers

Khongprom and Gidaspow [1°] 7 = —KyeactionCco, Cr0€s (21)
Garg et al. [20] r= _kreactionCCOZ CK2C03 & (22)
Chalermsinsuwan et al. 211 75 M bns (23)

H.O content seems to be an effective parameteron the kinetics of the reaction considering
water vapor contentin conventional flows of flue gases (10-15%) and the increased conver-
sion by raising H.O content at theinlet [*31, Thus, in this research, the following kinetic equa-
tion was proposed and used to model the chemical reaction:

r=-k reactionCCOZC H,0 & (24)
3.5. Boundary and initial conditions

In each experiment, the reactor was filled with K;CO3 adsorbent with a porosity of 0.63%
and up to the height of 0.1 m. Corresponding gas flow velocity and composition were specified
at the fluidized bed inlet. At the outlet boundary, the flow was assumed to be fully developed.
The boundary conditions for the gas phase velocity were assumed to be a no-slip condition on
the walls. Johnson and Jackson boundary conditions were used as below for tangential velocity
of the solid phase velocity and granular temperature on the walls [321;

u _ 6/ls‘gs,max
W ou (25)
T[gbpsgsgo\/@ a:iw
3 3
_ k608,  VBngpeasgo6z _ V3n(l - en)psego6? (26)
v yW an 6€Ws,max ' v 4€s,max

4. Results and discussion

The governing equations were solved using the finite volume method, while the second
order upwind schemes were used for discretization. Phase coupled SIMPLE algorithm, which
is developed from SIMPLE algorithm for multiphase flow, was used to solve the pressure-
velocity coupled equations. Furthermore, mesh sensitivity study has been done to select the
number of cells, which provides numerical results independent on the meshing 331, The sim-
ulations have been conducted using a parallel processing system (8 cores @ 3.4 GHz) due to
the long computational time of CFD simulations.

In the first part of this section, simulation results of gas-solid fluidized bed hydrodynamics,
including slug rise velocity, the coalescence of bubble and solid flow structure, are compared
with the experimental results and corresponding data of the literature. In the next part, the
carbonation reaction behavior at different inlet gas concentrations of CO, and H.O and gas
mixture velocities are investigated experimentally and computationally.

4.1. Hydrodynamic modeling of the fluidized bed reactor

As mentioned in the section of governing equations, the values of the bed expansion, com-
puted using homogenous drag models, usually disagree those of experimental work. There-
fore, an experimental analysis is performed to specify solid phase bed expansion ratio in the
bed for various superficial velocities of the gas.

So far, no particular method has been proposed to define parameter (C) in equation (10)
regarding the dependency of scale parameter to experimental conditions. Grace and Sun 34!
as well as Chalermsinsuwan et al. 1331 have reported that using the above mentioned drag
model alone cannot satisfy the experimental results. Thatis why they have introduced a new
parameter (C) into the drag model that provides reasonable results for the bed expansion.
The newly introduced parameter (C) represents the effects of changing operational conditions
and gas-solid properties on the drag model as follows:

ﬁgs,new = C:Bgs (27)
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In this work, CFD simulations were implemented using scale parameters of 0.1, 0.2, 0.15,
0.3, 0.5 and 1, which are compared with the experimental results in terms of bed expansion
in order to determine correct values of the scale factor for the modified EMMS interphase
exchange coefficient.

The bed expansion ratio simulation re-

24 - - - - - ' ' sults are compared with those of experi-

- j mental data in Figure 2. General trends of

T a1 ; the simulation results indicate a uniform in-
_:é' 20 ; crease of the bed expansion ratio with rais-
£ ing gas velocities. The most consistent scale
2 17 factor with the experimental resultsis 0.15
g 1 for superficial gas velocities of 0.53 and
& oo ] 0.71 m/s and the scale factor of 0.2 for su-
° Secor j perficial gas velocities of 0.89 and 1.1 my/s.
12 oo ; Therefore, the scale factor of 0.15-0.2

o o S seems to be an optimal value in these sim-

04 05 06 07 08 09 10 11 12 ulations at usual superficial gas velocities.
Superficial gas velocity(m/s) The results of the Figure 2 imply that apply-

Figure 2. Bed expansion ratio for the modified 'N9 EMMS mterp_hase exchange coefficient

EMMS interphase exchange coefficient model with With an appropriate scale factor causes a

different scale factors more accurate prediction of the bed expan-
sion ratio in the bubbling fluidized bed.

In a bubbling fluidized bed, the bubble, formed at the distributer, grows in size as they rise
through the bed and may become as large as the bed diameter. In this case, the bubble size
is physically restricted by the walls of the reactor, and slugging regime occurs. Several re-
searchers have experimentally investigated the mechanisms of slugging flow regime and sug-
gested various empirical formulations to determine slug bubble behavior. Stewart and Da-
vidson [3¢1 gave the minimum slugging velocity (Ums) as:

Ups = Upy +0.07,/gD (28)
Baeyens and Geldart 371 measured the bed height (H.) for the onset of slugging flow as follows:
H, = 1.3D°'75 (29)

According to equation (28), the minimum slugging velocity (Ums) is about 0.185 m/s for the
given simulation conditions. The superficial gas velocity is above Ums. According to equation
(29) the correlated bed height (Hms) for the onset of the slugs is about 0.8 m, and the bed
height used in the simulations is 1m. Therefore, the operating conditions employed in the
simulations correspond to the slugging conditions. For slugging fluidized beds, the upward
velocity of the slugs has been measured by several investigators, as mentioned in Table 2.

Table 2. Summary of measurements of slug rise velocity in the fluidized beds

Bed diameter Partide dia-  Partide density

Reference @) Particles e T i) Ug/Unms Given relation
Lanneau, 38 7.6 Catalyst 70 2 5-76 Us = (Uy — Uny) +0.41(gD)°°
. 2.5; 5.7; Us = (0.87—9.68)(U, — Uy, )
[39] ’ 7 _ g mf
Ormiston et al. 1a Catalyst 41.5 1.03-2.5 +(0.335— 0.383)(gD)*
Matsen et al. [4°] 46 Sand 125 Us = (Ug = Ups) +0.35(gD)*®
2.54 Quartz 68-275 2.55-2.83 1.34-135.0
gzr\‘/i"desor?[lﬂ and 5.10 Catalyst ~ 55-62 1.1 2.1-85.5  Us=(Uy—Upny) +0.35(gD)*
10.2 Sand 145 2.65 2.77-13.0
5.1 FCC+AI
. ’ Glass 58.6 1.73 05
[42] = Us =\U, —U,r) +0.35(gD
Thiel and Potter é(l)'é Sphe- a5 e 4.76-133  Us=(Uy—Upny) (gD)
’ roid
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Reference Bed(tgfqr;weter Particles n':aent]gf (?J'ﬁ;) Par(t;/ecggn)smy Ug/Ume Given relation
Us
10.2 491 2.62 dyp 05 ps 42
Fan et al. 143 15.3 Sand 711 2.64 1.2-3.5 =2-43(3) (m)
g
20.3 1122 2.65 (U, - Uny) + 035(gD)0
Glass 1000 0.2-1.5 Us 0o -7
Satija and Fan 144 05 Beads 2320 2.77 e =143(d_p> < Ps )
’ Alumi- 5500 3.537 0'5_1'5 ' D 1000p,
num 6900 i (Uy = Upy) + 0.35(gD)°5

In order to validate simulation results, they were compared with the experimental data for
three gas flow rates. In addition, these results were compared with predictions of two corre-
lations reported by Fan et al. 31 and Satija and Fan 44! relating slug velocity to diameter and
density of particles.

24 , , , , , , , The simulation results and perditions of

23 the correlations as well as the experimental
- ;j data are shown in Figure 3. They indicate
E ] increasing inlet gas velocity leads to a
% 10k greater slug velocity. This figure shows the
s 18} CFD simulation results are in good agree-
& L7 ment with the measured data. The figure
| elucidates that the correlations over predict
3 1k oo slug velocity since they do not coverall the
D 13k o0 range of material properties and operating

L2f %2225 conditions.

11F Experiment

1.0 L L L L L L L
0.4 0.5 0.6 0.7 0.8 0.9 1.0 11 1.2

Superficial gas velocity(m/s)

Figure 3. Experimental and predicted slug rise ve-
locity with increasing gas velocity

Experimental data show that the bubble size in the fluidized bed grows with gas velocity
and with the height above the distributor. At constant velocity, the growth of a bubble is due
to three factors [451;

1. The effective hydrostatic pressure decrease towards the top of the bed.

2. The bubble coalesce in the vertical direction with the trailing bubbles catching up the leading
bubble

3. The bubbles coalescein the horizontal direction with the neighboring bubbles.

The effect of the hydrodynamic pressure is usually small, and the bubble grows in size
owing largely to coalescence. Where the bubbles are close enough, coalescence occurs typi-
cally when a trailing bubble catches up with a leading bubble 451, The trailing bubble speeds
up as it reaches the wake of the leading bubble and is drawn into the leading bubble €],
When the bubbles are not in a vertical alignment, the lower bubble first drifts sideways behind
the upper bubble and then rises into the upper bubble. A large bubble rising behind several
smaller bubbles sweeps themup.

In Figure 4 the simulation results and experimental data of the coalescence of three bubbles
are shown. The simulation results very clearly indicate that the trailing bubble catches up with
a leading bubble resulting in the coalescence.
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Figure 4 Comparison between simulation (top) and experimental (button) results for bubble coalescence

Figure 5 displays accurate information of bubble dynamics by showing the voidage contours
and solid vectors forinlet gas velocity of 0.71 m/s. From the solid velocity vector, it is under-
stood that solid sorbents at the end of the bed move upward at the center of the bed. The
coalescences of the bubbles at the bed surface change themto a larger bubble and then it
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breaks, causing the solid particles to disperse to the wall. The particles spread on the wall
surface above the bed and then fall down near the wall due to the low velocity of the gas
phase in the near-wall region. This phenomenon is in accordance with the experimental data
reported in the literature [47-481

Figure 5b shows the flow pattern around and inside the bubble, obtained using Davidson
model. According to this model, the pressure at the end of the bubble is lower than the pres-
sures around and at the top of it, and so the fluid is circulated as displayed in Figure 5b. The
simulation velocity vectors around a bubble are consistent with those of Davidson model.
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Figure 5. Comparison between simulation results and Davidson model predictions around the bubble a:
simulation voidage contours and solid velocity vector, b: flow pattern around the bubble from Davidson
model.

Variation of the inlet gas velocity

oo changes the hydrodynamic and volume
05l — U=071mis | fraction distribution of each gas and solid
— u:=o.eg mis phases [*51, The speed of the adsorption re-

s 04l ——u,=1.07m/s | action is a function of the solid phase con-
= centrations. In other words, the adsorption
g 0.3} 1 rate is higher whereverthe volume fraction
2 of the solid phase is larger. A higher input
2 o02r 1 gas velocity causes less density of the solid
s phase at the entrance of the bed, leading to
0l 1 lower the reaction rate at the bottomof the
bed. On the other hand, higher gas velocity

e oo increases the height of the bed, causing
0.00 0.05 0.10 015 020 025 0.30 0.35 0.40 more contact time of the solid adsorbent

Height(m) with the gas mixture, leading to more ad-

sorption of CO,. Therefore, two competitive

Figure 6. The time-averaged solid volume fraction factors affect CO,adsorption level when the
versus the bed height in different inlet gas velocity input velocity of the gas mixture is changed.

In order to investigate the effect of fluidized bed inlet flow rate, the profiles of volume fraction
of the solid phase and CO, concentration were plotted against the bed height, as shown in
Figure 6. As expected, the profiles of volume fraction in Figure 6 show that the density of the
solid phase is higher, where gas velocity and bed height are lower.
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4.2. Modeling of adsorption process in the fluidized bed reactor

The results of combined hydrodynamic and kinetic models of CO; adsorption processin the
bubbling gas-solid fluidized bed has been described in this section. A kinetic model, according
to equation (24) has been utilized in order to investigate the adsorption of CO; by the solid
particles (K.COs)). The inlet gas flow velocity to the bed was 0.71 m3/s, with 15% molar
fraction of moisture and carbon dioxide at the reactorinlet. Time-averaged CO; concentration
profiles at different times are depictedin Figure 7. At the beginning of the bed, variations of
carbon dioxide concentration are significant due to the high concentration of CO; and H.O and
volume fraction of the adsorbent particles leading to a higher reaction rate of the adsorption.
This figure displays the height of the gaseous mixture gradually increases, and CO. concen-
tration continuously decreases along the bed. Due to the dependency of the reaction rate to
the volume fraction of the solid adsorbent, this trend continues until the adsorption reaction
of CO; is terminated owing to the low volume fraction of the adsorbent particles. According to
Figure 4, the volume fraction of the adsorbent in some areas such as near the walls is high,
so dependency of the reaction rate to adsorbent volume fraction leads to high reaction rate
causing the concentration of CO> to be low near the walls.

t=0.1 t=0.2 t=1 t=4s

Figure 7. Time-averaged CO2 concentration (kg/m?3) in different time (ug =0.71 m/s and 15% inlet mole
fraction of CO2 and H20)

Area-averaged in different height and time-averaged concentration profile and CO; removal
content from gas flow in the fluidized bed reactor versus bed height are illustrated in Figure
8. Concentration and removal extent of CO; at the top of the reactor are 0.0016 kmol/m® and
72.4%, respectively. This removal extent using adsorption process by solid particles is conmt
parable with the industrial scale amine or mono-ethanolamine scrubbing method, which is
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reported to be 70%. Therefore, it can even be expected that higher adsorption contents of
CO; can be achieved through optimization of the operational conditions.
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Figure 8. Time and area-averaged CO2 mass frac- Figure 9. Comparison of the calculated bed outlet
tions and percent removal of CO2 versus the reac- CO2 concentration with the experimental data in
tor height (ug =0.71 m/s and 15% mole fraction of different inlet CO2 concentration

CO2and H20)

4.2.1. The effect of inlet COz: and H-O concentrations on carbonization reaction

In this section, the effects of the inlet carbon dioxide and water vapor content on the outlet
CO; concentration were examined. To investigate the effect of the CO, concentration, CFD
simulations have been implemented under constant baseline operating conditions and differ-
ent inlet mole fractions of CO, (10, 13, 15, 20) and the foregoing results have evaluated with
corresponding experimental data. As indicated in the Figure 9, the outlet CO, increases with
the increase of inlet CO, concentrations. The carbonation reaction ratein the high concentra-
tion of inlet CO; increases, but due to the short of gas resistance time and relatively low H>O
concentration especially in 20%, by increasing inlet CO, concentration, the outlet CO; in-
creases according to both simulation results and experimental measurements. The simulation
results of the CO, concentrations at the reactor outlet well agree with experimental data ex-
cept for 20% inlet concentration, which is much higher, due to the lateral reaction of CO»
adsorption occurred in high CO2 concentration. The similar pattern of the lateral reaction of
CO, adsorption was described by Zhao et el. [13],
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Figure 10. Comparison of the calculated CO2re- Figure 11. Comparison of the calculated CO2 re-
moval by CFD model and experimental data dif- movalwith experimentaldata in differentinlet gas
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The effect of the water vapor content in the fluidized bed inlet gas on the CO, removal
obtained from the experiment and simulation results was shown in Figure 10. The experi-
mental results show that outlet CO, concentration decreases from 7.2 to 1.1%, and CO: re-
moval increases from 52 to 90% when H>O concentration in the gas mixture is ranging from
10 to 20%. As H.O concentration increases, the higher content of H,O diffuses on the surface
of the sorbent, and the adsorption capacity of CO: is improved. Therefore, the reaction rate
and CO; adsorption increase as H>O concentration increases. A comparison between the pre-
dictions of the CFD model with the experimental results shows that the effect of H,O concen-
tration on CO; capture is relatively well estimated by the model. The maximum error of about
14% is found.

4.2.2. The effect of inlet flow rate

The effect of inlet gas mixture flow rate on the CO; removal was performed in operational
conditions of 15% H>O and 15% CO.. Figure 11 shows the results of the CFD simulation and
laboratory analysis for0.71, 0.89, and 1.1m/s gas velocities. The experimental results show
that CO, removal reaches to 72% at the lowest velocity (0.71 my/s) and 65% at the velocity
of 1.1 m/s. The results indicate little change in the amount of CO; elimination due to the
velocity variation from0.89 to 1.1 my/s.

0.005 — Figure 12 shows the changesin CO, con-
centration versus the bed height at three
v different gas velocities. By increasing the

0.004 u.=0.89 m/s E . 4 .
W =0.71mis height, the amount of available CO: in the
’ bed is decreased due to adsorption reaction
0.003 1 and lower volume fraction of the solid
phase. Consequently, therate of reaction is
0.002 L _ decreased so that CO. concentration ulti-
mately reaches a constant value where
there is no solid. For gas velocity of 0.71
my/s, due to the high density of solid phase
at the bottomof the bed, CO. concentration
000 005 010 015 020 025 030 035 o040 o4s has drastically dropped so at the lower
Height(m) height (0.1 m) it has reached to 0.000274
kgmol/m?. With increasing superficial gas

Figure 12. The output CO2 concentration versus veloci han f n-
the bed height in the different inlet gas elocity to 0.89 mys, changes of COz co

centration continue up to 0.15 m of height where it reaches to 0.00036 kgmol/m3. Then at
this velocity,output concentration at this height is relatively larger compared to that of the
velocity of 0.71 my/s. By setting the input speed at 1.1 m/s, CO, concentration reaches to
0.00037 kgmol/m?® at 0.25m height, which reveals that the height of CO. concentration var-
ations is up compared to that of the previous velocity. However, there are small changes in
the amount of adsorption. This means that increasing in the adsorption due to increasing the
contact time of the gas solid, compensates the effect of the reaction deceleration.

—u,=1.07 m/s

0.001

Co, Cononcentration, (kgmol/m®)

5. Conclusion

In this research, CO; adsorption froma flue gas streamusing potassium carbonate particles
was investigated employing both experimental work and CFD techniques in a bubbling gas
solid fluidized bed. The kinetic theory of granular flow was applied in the CFD model to simulate
CO:; capture process, including hydrodynamic characteristics of the bed and adsorption chem-
ical reactions. A modified EMMS interphase exchange coefficient was used, employing a scaling
factor, to reducethe universal drag laws, which accounts for the effect of particle clustering.
Computational model and experimental measurements elucidate that the bed expansion is
increased at higher superficial velocities of the gas due to the larger repulsive forces applied
on the particles.
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Qualitative analysis of the CFD simulation and experimental results for the bubble behavior
revealed that the bubble size in the fluidized bed grows with the heights of the bed above the
distributor, owing largely to the coalescence of the bubbles. The computational model results
of the slug rise velocity have been compared with the experimental data and predictions of
two correlations in different gas flow rates. The CFD results are in good agreement with the
measured experimental data, although the correlations overpredict the slug velocity. Other
quantitative simulation results indicate that the solid velocity vectors with voidage contours
and also solid phase flow pattern around the bubble are similar to those of the well-known
Davidson model. In addition, perditions of formation of a dense product layer over the solid
reactants and a decline in the rate of the reactions are in good agreement with the experi-
mental data. The effects of different reaction conditions (e.g., gas velocity (1.7-3.0 m/s), CO;
and H,O concentrations (7-30%)) on CO. adsorption were examined both computationaly
and experimentally. The experimental results show that increasing the water vapor content
and decreasing the gas velocity leads to the increase of CO. removal rate. To achieve high
CO: removal, H.O concentration must be maintained at a high value. The obtained results
indicate that H.O concentration is the key factor, and it is important to controlit. The calcu-
lated exit CO, concentrations are in relatively good agreement with the experiment data.
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