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Abstract 

An experimental and computational fluid dynamic (CFD) investigation was carried out to intensify 
the production of gasoline in a bench-scale Fischer –Tropsch Synthesis (FTS) process. A cylindrical 
reactor with one preheating and one reaction zone was employed. The reactor temperature was 
controlled using a heat jacket around the reactor’s wall and dilution of the catalyst in the entrance 
of the reaction zone. An axi-symmetric CFD model was developed and the non-ideality of the gas 
mixture was considered using Peng-Robinson equation of state. A kinetic model based on 25 chemical 
species and 23 reactions was utilized. The model was validated against experimental measurements 

and the validated model was employed to investigate the effects of operating conditions on the 
performance of the reactor. The optimum values of operating conditions including pressure, reactor 
temperature, GHSV and H2/CO ratio was determined for maximum reactor performance.  
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1. Introduction  

The conversion of syngas (CO + H2 mixtures) into liquid fuels via Fischer–Tropsch 

synthesis (FTS) has attracted much attention in the recent years. The increase in global 

energy demand, existence of numerous gas reservoirs in remote areas and the high price 

of crude oil in comparison to natural gas, are the main reasons of the increasing attention to 

FTS. In addition, converting of associated gases are appealing due to economic and environ-

mental reasons. Also, GTL products are almost free of sulfur and aromatic hydrocarbons. 

Composition of the obtained products depends on the employed catalysts and operating 

conditions [1-2]. Numerous researches have been carried out to understand, model and 

optimize this process. Butt et al. [3] prepared and characterized Fe and Fe-Co catalysts 

on ZSM-5 support for FTS. Schulz et al. [4] investigated the selective conversion of syngas 

to gasoline on iron/HZSM5 catalysts. The effects of temperature, space velocity, CO/H2 

feed ratio and pressure on the activity of a Co/HZSM5 zeolite bifunctional catalyst were 

experimentally investigated by Calleja et al. [5]
. The fixed-bed FT process, being one of 

the most competing reactor technologies, occupies a special position in FTS industrial 

processes [6].  

Liu et al. [7] developed a two-dimensional heterogeneous model for simulation of steady 

and unsteady behavior of a fixed bed FTS reactor. They also reported [8] the effects of feed 

temperature, flow rate and the wall temperature on the steady state behavior of the reactor. 

Wang et al. [9] developed a one-dimensional heterogeneous model to predict the performance 

of fixed-bed Fischer–Tropsch reactors. Rahimpour et al. [10] proposed a novel combination of 

fixed-bed and slurry bubble column membrane reactor for Fischer–Tropsch synthesis. In 

the first catalyst bed, the synthesis gas is partially converted to hydrocarbons in a water-

cooled fixed bed reactor. In the second bed which is a membrane assisted slurry bubble 

column reactor, the heat of reaction is used to preheat the feed synthesis gas to the first 

reactor. The membrane concept is suggested to control hydrogen addition. They utilized 

a one-dimensional packed-bed model for simulation of fixed-bed reactor. A one-dimensional 

model with plug flow pattern for gas phase and an axial dispersion pattern for liquid-solid 

suspension was used for modeling of slurry bubble column reactor. They claimed that 

their proposed reactor system gives favorable temperature profile and higher, gasoline 

yield, H2 and CO conversion as well as selectivity. However, they admitted that experimental 

proof of concept is needed to establish the validity and safe operation of the proposed 
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reactor. Nakhaei Pour et al. [11] developed a kinetic model for water-gas-shift (WGS) 

reaction over a Fe/Cu/La/Si catalyst under Fischer–Tropsch synthesis (FTS) reaction condition. 

By comparing the results of four different models over a wide range of reaction conditions, 

they found that WGS rate expressions based on the formate mechanism best fit the 

experimental data. Although the reaction scheme has been studied and used for a long 

time, its study today is still of interest because of the high pressure on hydrocarbons 

prices all over the planet. Sharma et al proposed a tool in the form of a comprehensive 

fixed-bed reactor model (2-dimensional, pseudo-homogeneous, gas–solid and steady 

state model) for FTS. The model is based on the main governing processes in terms of 

physical and chemical laws and considers internal mass transfer resistance. In their work 

it was shown that a foam catalyst allows better performances (activity per unit mass,C5+ 

selectivities and overall pressure drop)than packed extrudates ,but at the expense of 

higher catalyst and reactor volumes. [12].Turek et al. investigated low-temperature FTS 

over a CoRe/Al2O3 catalyst in milli-structured fixed-bed reactors, experimentally and 

theoretically. They concluded that milli-structured fixed-bed reactors appear to be an 

interesting concept especially for small-scale FTS units [13]. In the recent years, by the 

high speed of computational calculations, Computational Fluid Dynamics (CFD) techniques 

have become a useful tool for simulation and analysis of variety of industrial problems 

that deal with fluid flow [14 - 16], heat and mass transfer [17 - 18]and chemical reactions[19 -

20]. By predicting a system's performance in various conditions, CFD can potentially be 

used to improve the efficiency of existing units as well as the design of new systems. It 

can help to shorten product and process development cycles, optimize processes to 

improve energy efficiency and environmental performance, and solve problems as they 

arise in plant operations. However, it is essential to validate the CFD results against data 

obtained from real operating systems. Krishna and Van Baten [21 - 22] employed CFD 

technique for describing hydrodynamics of bubble column reactors and its effects on 

scaling up this type of reactors. Jiang et al. [23] used a CFD approach for obtaining the 

detailed flow field and bubble behaviors in a novel two-stage fluidized bed reactor which 

was designed to produce diethyl oxalate from carbon monoxide based on the catalytic 

coupling reaction. A FTS microchannel reactor was modeled in three-dimensions by 

Arzamendi et al. [24].  They utilizes a CFD model to analyze the effects of feed and cooling 

water flow rates and pressure on the performance of the reactor.  

In our previous work, FTS fixed bed reactor based on Iron–zeolite catalyst was studied 

where in which use of saturated water as scraper of reaction heat was investigated. It was 

concluded that the temperature run away was controlled by utilizing saturated water, and 

the maximum temperature rising within the catalyst bed was 16K [25]. In the present work, 

a CFD model was developed to model FTS in a fixed bed nano-iron catalyst reactor. The 

catalyst bed was diluted in the entrance region of the bed in order to prevent hot spots. 

The thermodynamics properties of the gas mixture were calculated using Peng-Robinson 

equation of state the [26]. The model predictions were validated with the measured data 

and the effect of operating conditions on the performance of the reactor were analyzed.   

2. Material and methods 

2.1. Process description 

The employed reactor was a 1.2 cm diameter cylindrical reactor which was placed 

inside a heating jacket (Figure 1). The reactor included a preheating zone with 30cm height 

following by the reaction zone with 50cm height. It was designed and constructed by the 

Research Institute of Petroleum Industry, National Iranian Oil Company (RIPI-NIOC) in 

2010 [27]. The reactor was packed with cylindrical Fe-Sio2 catalysts (atomic ratios: 

100Fe/5.64Cu/2La/19Si) with average diameter and length of 0.3 mm and 0.9 mm, 

respectively. The catalyst and bulk densities were 1290 and 730 kg/m3, respectively. The 

entrance region of the reaction section was diluted using ceramic particles in order to prevent 

the creation of hot spot. The experiments were run at different conditions of feed temperature, 

pressure, GHSV and H2/CO ratio as given in table 1. 

Table 1 Operating conditions 

Feed 

Temperature(K) 

543,563, 583 and 

603 
GHSV(hr-1) 1800, 5500,11000  

and 15000 Reactor 

pressure(bar) 
13,17,21 and 25 H2/CO molar ratio 0.5, 1,1.5  and 2 

 



2.2. CFD modeling  

2.2.1. Geometry and solution strategy  

The reactor was modeled using a 1.2 cm × 80 cm axi-symmetric model. The computational 

domain was divided into 22,016 rectangular meshes was employed and the predicted 

profiles of temperature and species mole fractions were checked to be independent of the 

mesh size. The packed bed was considered as a porous media due to the large value of 

tube to catalyst diameter ratio (N>12) [28].  

The entrance region of the reaction zone was considered as diluted reaction zone and 

the reaction rates in this zone were multiplied by catalyst/ (catalyst +ceramic) ratio. Mass-

flow-inlet and pressure-outlet boundary conditions were used for reactor inlet and outlet, 

respectively. Constant temperature and no-slip condition was employed for the reactor 

walls. The finite volume method was used to discretize the partial differential equations 

of the model. The SIMPLE algorithm was employed for pressure–velocity coupling. The 

solution procedure is described in figure 2. The convergence criterion was based on the 

residual value of the calculated variables, namely mass, velocity components, and energy 

and species mass fractions. In the present calculations, the numerical computation was 

considered to be converged when the scaled residuals of the different variables were lower 

than 10-4 for continuity and momentum equations and 10-7 for the other variables.  

 

 
Figure 1 FTS fixed-bed reactor Figure 2. The solution procedure 

2.2.2. Conservation equations 

The mass conservation, momentum, energy and species, can be expressed as: 
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where,   
represents mixture density, v


 is velocity vector, H and hi are total enthalpy 

and enthalpy of species, respectively. P is the static pressure and Ci stands for 

concentration of chemical species. The porous media of the reaction zone was modeled 

by addition of a momentum source term:  
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The first term on the right-hand side of equation 5 is the viscous loss term the second 

term is the inertial loss term. v  is the magnitude of the velocity and D and C are 

prescribed matrices. In this work, the flow in the reactor is laminar; therefore, the 

inertial term was ignored [29]. SR in equation (3) is the source of energy caused by 

chemical reaction: 














 

j j

j

0

j

R
R

M

h
S  

(6) 

The temperature constant was defined at walls to establish isothermal condition at 

wall boundaries.  

2.2.3. Physical properties 

Peng-Robinson equation of state was used to predict the non-ideality [18] of the gas 

mixture: 
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where, fi and i are species fugacity and fugacity coefficient respectively. R is the 

universal gas constant, M is the molecular weight of gas mixture and P is the operating 

pressure (taken to be 17 bar). b and beta are equation of state parameters. Z is the 

compressibility factor for calculation of the mixture density:   

TRZ

PM
                         (8) 

The parameters of equation (7) are listed in table 2. The specific heat of each species 

was defined as piecewise-polynomial function of temperature. Other thermal properties 

of the mixture such as molecular viscosity, thermal conductivity and diffusivity coefficient 

were calculated from Poling et al. [30]. 

Table2 Parameters of Peng-Rabinson EOS 
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2.2.4. Reaction rate expressions  

The considered reactions with 25 chemical species including CO, H2, CO2, H2O and C1-

C21 are listed in Table 3.  

Table 3 List of FTS reactions   

Num. Reaction stoichiometry 
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Reaction (2) is known as water-gas-shift (WGS) reaction and its rate [11] can be 

expressed as:  
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The kinetic parameters of WGS reaction rate are given in table 4 where, WGSK
 
is the 

equilibrium constant and can be calculated as follows:  
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Table 4 Rates parameters for WGS reaction 

Parameter Value 

kw 0.21  mmol.g cat-1.S-1.bar-2 

K1 0.39 bar-1 

K2 3.54 bar-1 

3. Results and discussion  

Compressibility factor of the gas mixture is a criterion of its deviation from the ideal 

behavior. A contour plot of the predicted compressibility factor along the reactor is shown 

in figure 3. The figure shows that the formation of heavy hydrocarbons cause the compre-

ssibility factor to descend to about 0.9. Therefore, it is necessary to consider the mixture’s 

non-ideality in calculation of density. A comparison between the predicted and measured 

values of C5+ selectivity, CO conversion and temperature at three points (at beginning, 

middle and end of catalytic bed) along the reactor for two different operating conditions 

are given in table 5. The values in this table demonstrate that the error values are less 

than 4% for all of the compared variables. That is to say, the model in this work can success-

fully predict the performance of the fixed-bed FT process. Contour plots of temperature 

inside the reactor shown in figure 6 demonstrates that There is a temperature raise of 

about 17K in the beginning of the catalytic bed due to the high partial pressure of the 



reactants and the high rate of exothermic reactions in this region. However, this amount 

of temperature raise is tolerable for this process and it could be claimed that the reactor was 

well controlled at the desired inlet temperature by dilution of the catalyst at the entrance 

of the reaction zone. 

Table 5 Comparison between measured and predicted values for the bench-scale FTS processes 

 Beginning, middle and end of catalytic bed Exp. Pred. %Error 

GHSV=5500 
hr -1     

T=563 
H2/CO=1 
P=17 bar 

CO Conversion (%) 83 84.4 1.7 

C5+ selectivity  32.4 32.5 0.3 

Temperature at the  beginning, of catalytic bed (K) 580 582 0.3 

Temperature at the middle of catalytic bed (K) 575 576 0.2 

Temperature at the end of catalytic bed (K) 564 568 0.7 

GHSV=5500 
hr -1     
T=583 
H2/CO=1 
P=17 bar 

CO Conversion (%) 93.2 94.6 1.5 

C5+ selectivity   26.2 27 3.1 

Temperature at the  beginning, of catalytic bed (K) 595 589 -1.0 

Temperature at the middle of catalytic bed (K) 590 573 -2.9 

Temperature at the end of catalytic bed (K) 584 582 -0.3 

  
Fig. 3 Gas mixture compressibility factor (Z) 

contour along the reactor (T=573, P=17 bar, 

GHSV=5500 hr -1 and CO/H2=1) 

Fig. 4 Contour of temperature (T=573, P=17 

bar, GHSV=5500 hr -1 and CO/H2=1) 

 



Profiles of species mass fraction along the reactor are plotted in figure 5. 

Concentrations of the reactants (CO and H2) are reduced due to their consumption along 

the reactor. Therefore, the reaction rates are reduced and consequently the slopes of 

species concentration curves along the reactor are decreased. The figure shows that the 

main changes in the concentrations of reactants and products occur in the beginning of 

the catalytic zone except for CO and ethane. Ethene acts as a monomer or building block 

during the FTS. Re-adsorption of ethene will result in a decrease of the ethane yield and 

an increase of higher hydrocarbons [31- 32]. This effect was included in ethane production 

rate (the power of CO and H2 concentration in equation (12) is much less than that in other 

rate equations). The difference between the style of CO concentration profile and that of 

the other species can also be related to this effect. Figure 6 interprets the mixture density 

along the reactor. As it is expected, the mixture density increases along the reactor due 

to the formation of heavier hydrocarbons. The same reason can be used to describe the 

velocity reduction along the reactor as shown in figure 7.  The parabolic radial velocity 

distribution (in the preheating zone) and zero velocity near the walls due to the non-slip 

wall boundary condition are also observed in this figure. In addition, pressure drop in the 

porous region causes the gas velocity to become almost uniform in the radial direction.  
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Fig. 5. Mass fraction of species along the reactor length (T=573, p=17 bar, CO/H2=1 

and GHSV=5500 hr -1 

The reactor model was run at four different levels of each operating parameters (tempe-

rature, GHSV, pressure and H2/CO ratio) and the effects of these parameters on the perfor-

mance of the reactor were investigated. In all cases, one parameter was changed and 

the other parameters were kept constant.  

The effect of inlet temperature on C5+ selectivity (g C5+/g converted feed) is shown in 

figure 8. This figure represents that increasing the temperature from 543 to 563 K increases 

the C5+ selectivity.  However, further increasing of the temperature to 583K decreases 

C5+ selectivity. Increasing the reactor temperature has two opposite effects: it increases 



the rate of reactions and on the other hand, it shifts the WGS equilibrium reaction into 

consumption of CO to produce CO2. When the reactor inlet temperature increases from 

563 to 583K, the second effect is dominant and the production of C5+ reduces due to the 

reduction in the concentration of CO.  
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Figure. 10. Selectivity of C5+ and CO conversion at different H2/CO molar: (T=573, P=17 

bar and GHSV= 5500 hr -1     

 
Figure.7: Contour of velocity (T=573, P=17 bar, GHSV=5500 hr -1 and   CO/H2= 1) 

The effects of H2/CO molar ratio on C5+ selectivity are presented in Figure.10. The 

figure interprets that although increasing the H2/CO ratio, raises the conversion of CO, 

but production of heavy hydrocarbons reduces. The former effect can be related to the 

fact that Hydrogen can participate in termination steps of polymerization reactions [31-33]. 

The effect of pressure as another important affecting parameter on this process is investigated 

in figure 11. According to this figure, the C5+ selectivity increases by increasing total 

pressure to reach a maximum at a pressure of about 13 bars and thereafter, it takes a 

descending style. This can be explained by the fact that by increasing the total pressure, 

the partial pressures of reactants increase which results in increase of C5+ and water as 



products. The presence of water more than a threshold concentration, has a negative 

effect on C5+ selectivity [34].Also the approximate values of optimum operating conditions in 

order to reach the maximum yield were obtained (P=21 bar, T= 560 K, GHSV=5700 hr-1 

and H2/CO=1). 
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Figure. 8. Selectivity of C5+ and CO conversion at different temperatures (P=17 bar, 

GHSV=5500 hr -1 and CO/H2=1) 

 

Figure. 9. Selectivity of C5+ and CO conversion at different GHSVs (T=573, P=17 bar 

and CO/H2=1) 
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Figure. 10. Selectivity of C5+ and CO conversion at different H2/CO molar: (T=573, 

P=17 bar and GHSV= 5500 hr -1     
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Figure. 11. Selectivity of C5+ and CO conversion at different pressures: (T=573, 

GHSV=5500 hr -1 CO/H2=1 ) 
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4. Conclusions 

Production of gasoline from Fischer–Tropsch Synthesis (FTS) process in a bench scale 

fixed-bed reactor was investigated using experiment and CFD modeling. Peng-Robinson 

equation of state was utilized to model the non-ideality of the gas mixture. The temperature 

raise at the beginning of catalytic bed was controlled by dilution of catalyst bed with 

ceramic particles. The simulation results were compared against the experimental data 

and good agreements were observed. The effects of operating conditions such as temperature, 

pressure, GHSV and H2/CO ratio on reactor performance were studied using the validated 

model. The approximate values of optimum operating conditions in order to reach the 

maximum yield were obtained (P=21 bar, T= 560 K, GHSV=5700 hr-1 and H2/CO=1).Since 

the model has proven to be in good agreement with the experimental data, it could be 

used in further studies to find more accurate values for the optimum conditions of tempe-

rature and GHSV without the need for hard experimental studies.  

Nomenclature 

P Pressure, bar 

g gravity acceleration, m.s-2 

v velocity, m.s-1 

H Total enthalpy, kJ.kg-1.s-1 

h Enthalpy of species, kJ.kg-1.s-1 

j Mass flux, kg.m-2.s-1 

q Heat flux, kJ.m-2.s-1 

S Momentum source term,  

Dij Diffusivity coefficient, 

R Global Gas Factor, kJ.kmol-1.K-1 

Mi Molecular Weight, kg.kmol-1 

V Volume, m3 

xi mass fraction 

D Total Diffusivity Coefficient, m2.s-1 

km Thermal Conductivity, kJ.m-1.K-1 

 



Ci Concentration, kmol.m3 

Z Compressibility Factor 

T Temperature, K 

f fugacity, bar 

ki Kinetic Constant, mol.hr-1.gr-1.bar-1 

Ei Activation Energy, kJ.kmol-1 

Beta      EOS parameter 

q           EOS parameter 

Greek Letters 

ρ Density, kg.m-3 

μ Viscosity, kg.m-1.s-1 

φi Fugacity coefficient 

Subscript 

i species number 
j second species number 

m mixture 
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